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Carbon dioxide was absorbed from mixtures with nitrogen by countercurrent contact with
water in gn experimental packed tower. Radial and oxial gas concentration profiles were de-
termined from measurements made within the packing. Substantial gas phose channeling was
observed. Characterizing the gas flow regime by both piston flow and axial diffusion models
yielded mass transfer data and computed axial gas concentration profiles. Differences between
the mass transfer results for the two models allowed the influence of axial dispersion to be
assessed. Comparison of the piston flow and axially dispersed profiles with the experimental
profiles enabled conclusions to be drawn regording the applicability of the axial diffusion model
and the accuracy of available dispersion parameter values.

The axial diffusion model appears to be a satisfactory representation of the process. The
dispersion coefficients used were found to be toc high, which emphasizes shortcomings in the
transient response experiments yielding dispersion coefficients. The influence of dispersion on
the performance was found to be only moderately adverse. The effect increases with increas-
ing liquid rate, decreasing gas rate, and decreasing packing height. 1t is improbable that the
effect is large enough to account for the difference between industrial scole performance

and that predicted from available mass transfer correlations.

The spread of fluid element residence times prevailing
in an absorption tower invalidates the piston flow assump-
tion inherent in existing design techniques. The resulting
longitudinal dispersion will, in some measure, have an ad-
verse influence on the performance. The magpitude of
this effect has not as yet been determined, however. For
carbon dioxide absorbers, in particular, it has been
speculated that the wide discrepancy between the actual
industrial scale performance and that predicted from
standard mass transfer correlations (19, 28, 31) is due to
axial dispersion of the gas phase. In two-phase operation
of this nature, substantial gas phase mixing will be in-
duced by the countercurrent liquid flow, particularly at
the high water rates necessary to achieve satisfactory ab-
sorption of relatively insoluble gases such as carbon di-
oxide. Published gas-side dispersion coefficients for two-
phase operation are scarce, but those available (11, 12)
would indicate the effect of dispersion on the perform-
ance to be significant, especially if projected into the
range of industrial liquid rates. The values of dispersion
coeflicients such as these, obtained from transient re-
sponse experiments, have not been verified by applica-
tion to steady state systems of practical interest. Conse-
quently, their accuracy is subject to some question, and
they cannot be employed to make definitive predictions.

The study described in this paper presents data to in-
dicate the degree to which axial dispersion will affect ab-
sorption tower performance. By using published disper-
sion coefficients, the investigation serves also as a test of
their accuracy. The evidence upon which the conclusions
are based was obtained through measurement of axial gas
concentration profiles in an experimental packed tower.
Radial concentration profiles yielded at the same time
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throw some light on the flow of gases in irrigated pack-
ing. The data obtained serve also to elucidate the effects
at the packing boundaries resulting from the dispersion.

DISPERSION CHARACTERIZATION

A number of models have been postulated to describe
the mixing characteristics observed in continuous flow
equipment (18, 23). The fundamental axial diffusion
model has been employed in this study. The gross flow
pattern is then represented by a superimposition of this
diffusion mechanism on the uniform velocity of the fluid
as it traverses the packed bed. This model represents an
idealized situation, and it cannot be expected to account
completely for the complex behavior of fluids in packed
beds. The existence of nonflat velocity profiles in single-
phase flow has been demonstrated (5, 30). For mixed
phase gas-liquid operation, even greater deviation from a
dispersed plug-flow concept is inevitable on the gas side.
The presence of capacitive regions has also been inferred
and verified (7, 10, 16, 20, 21, 32). Characterization of
each of these effects would require a more comprehen-
sive model (23) with a greater number of parameters.
Consequently, the single parameter of the diffusion model
will reflect the influences of all aberrations from the ideal
postulates of the model.

It may be expected that the different regimes com-
pounding the overall flow environment do not exhibit the
same behavior under steady and unsteady state operating
conditions. The importance of this lies in the fact that
single axial dispersion parameters are determined from
transient measurements, whereas their practical applica-
tion is generally to steady state processes. Illustration is
afforded by the computational fixed-bed reactor model of
Deans and Lapidus (10). For their dynamic liquid phase
studies, introduction of an additional parameter account-
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ing for a capacitive effect was necessary to predict pub-
lished Peclet numbers. Under steady state operation, an
equilibrium concentration of solute would be maintained
in the capacitance regions, thus rendering them unavail-
able for mass transfer. In the unsteady state, however,
mass exchange by diffusion would occur with these re-
gions, thus requiring an additional degree of freedom in
the model to account for this. Gottschlich (16) similarly
indicates that the stagnant film considered in his analysis
will influence dispersion only in the unsteady state.

Conclusions as to the suitability of the axial diffusion
model to describe the process will be drawn from the ex-
perimental results.

PROCESS FORMULATION

Complete characterization of the fluid dynamic be-
havior for the present system would require treatment
of the dispersion occurring in both phases. Reviews of
reported dispersion data (10, 16, 17, 23) reveal liquid
flow axial Peclet numbers to be generally lower than the
corresponding single-flow gas phase values. However,
various workers have indicated that the liquid system re-
sults are evidently anomalous, with fluid capacitance be-
ing advanced as the probable cause (7, 10, 13 to 16). If
this capacitive effect is dependent on diffusion of solute
in the stagnant regions, then it can be expected that the
difference between gas and liquid phase dispersion meas-
urements will reflect the difference in the rates of diffu-
sion in the two phases. The contribution of a diffusional
mechanism to the measured variability of liquid residence-
time distributions has been demonstrated (I14). In the
case of the model of Deans and Lapidus (10), the dif-
ference between gas and liquid phase data could in fact
be reconciled by a contribution dependent on the diffusiv-
ity. Thus the comparatively sluggish diffusion in the liquid
has a substantial influence on the transient response,
whereas that of the rapid gas phase diffusion is minimal,
as is suggested by the single-flow results of McHenry and
Wilhelm (25) and of Sinclair and Potter (33). The ap-
parent decrease of liquid phase dispersion noted with in-
creasing liquid rate (7, 12, 13, 22) is also consistent with
the disappearance of stagnant backwaters due to increased
turbulence as the liquid rate is raised (14). Introduction
of a stagnant film parameter into the model, as in the
treatment of Gottschlich (16), reduced the actual degree
of liquid dispersion to the magnitude of that for single-
phase gaseous systems. Under these circumstances, axial
dispersion would have a negligible effect on mass transfer.

Under conditions of irrigation, the degree of gas phase
dispersion will increase because of additional friction be-
tween the gas and the opposing liquid flow. In these cir-
cumstances reported gas phase Peclet numbers (11, 12)
are considerably lower than single-flow values in the ab-
sence of irrigation, It appears then that the relatively high
degrees of gas phase mixing under irrigated conditions
allow safe neglect of the influence of liquid phase dis-
persion.

A steady state material balance over an elemental tower
length incorporating gas phase axial dispersion yields

i (—E dCq ) + d(uCg)
dz dz dz
where the primed notation on Ky ’a indicates a mass trans-
fer coeflicient isolated from the effects of dispersion.

In the experimental investigation no mass transfer was
permitted to occur in the sections above and below the
packing. The boundary conditions in this instance have
been discussed by several workers referred to by Leven-
spiel and Bischoff (23) and are

+ KL,d(CL” —CL) =0 (1)
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EFFECT OF THE TERMINAL CONDITIONS

The initial condition, Equation (2), represents a dis-
continuity in solute concentration at the inlet. Over a
small section of packing at the entrance to the bed, this
will result in a larger drop in concentration than would
be the case in the absence of axial dispersion. Calcula-
tion of piston flow Kpa values for a discrete packing en-
trance section will consequently provide higher values
than those for comparable intermediate sections within
the bed. At the outlet Equation (3) indicates an asymp-
totic approach to the exit concentration. In this region the
concentration change over a discrete section of packing
will be smaller than within the body of the packing. The
corresponding Kia values will be lower if calculated on
the assumption of piston flow. The two terminal mani-
festations of axial dispersion are thus seen to have oppos-
ing influences on axial concentration behavior.

EXPERIMENTAL

Carbon dioxide was absorbed from 20% mixtures with nitro-
gen by continuous countercurrent contact with water at 28°C.
in a packed column. Henry’s law solubility coefficient at this
temperature was taken as the average of the value of Bohr
{3) and that listed by Loomis {24). The resulting value of
1,767 atm./mole fraction agreed closely with that interpolated
from the data of Morris and Jackson (27). The progress of the
absorption was followed by sampling of gas at five inter-
mediate axial locations within the packed bed, in addition to
the two terminal sampling points. Thermal conductivity gas
analysis was employed.

Liquid rates ranged between 5,517 and 9,195 Ib./(hr.) (sq.
ft.). Gas rates were selected in order to provide a satisfactory
degree of absorption, advantageous from the viewpoint of ac-
curacy, and representative of practical situations. The four
gas feed rates employed were approximately 3.8, 5.8, 7.7, and
9.6 Ib./(hr.)(sq. ft.). The operating variables thus correspond
to ratios of Ly/Gu which range approximately from 1,300 to
5,180. Operating conditions of runs specifically referred to in
Figures 2, 3, 5, and 6 are listed in Table 1.

Equipment

The absorption tower consisted of a single 3% in. LD. glass
section. The overall packed height was 34.75 in. Sampling
points were located at the following packing depths (in.): 3.15
(S1), 11.0 (S2), 16.9 (S3}, 22.5 (S4), 30.75 (S5). The pack-
ing comprised 3 in. X % in. random glass Raschig rings. The
normal wet-packing method was employed to pack the column.
The tower-packing-diameter ratic was 9.7:1, satisfactorily
above the generally accepted minimum of 8:1 proposed by
Baker and co-workers (1) and close to the value of 10:1 sug-
gested by Uchida and Fujita (34).

The gas inlet was inserted into the packing % in. above the
grid support. A central inlet point was used after preliminary
tests had shown that the position of the inlet along a diameter
had no detectable effect on the performance. The liquid table
level at the base of the packing was kept in contact with the
packing support grid by means of a finely adjustable liquid

TaBLE 1. OPERATING CoNDITIONS OF RUNs SpeCIFIcALLY NOTED

L, Go, Pr,
Run No. 1b./(hr.)(sq. ft.) Ib./(hr.)(sq. ft.) mm.Hg
22 9195 9.58 623.5
30 7356 575 623.5
43 5517 5.76 624.1
73 6436.5 9.56 622.0
May, 1966
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Fig. 1. Process gas supply circuit and gas sampling.

seal arrangement in the outlet line, thus minimizing any end
effect. A level indicator insured the accurate and consistent
placing of the water level. A substantial effort was made to
eliminate physical end effects in the study. The presence of
even a small unpacked space between the base of the packing
and the liquid level was found to have a marked influence on
the performance. Even though the insertion of the gas inlet
into the packing eliminated a countercurrent spray zone below
the) packing, a considerable end effect would still be apparent
(4).

Liquid entered the absorber from a small reservoir atop the
column which fed the sixteen downcomers. A short liquid head
above the downcomers sealed out air. The lower ends of the
downcomers were placed in contact with the packing, thus
eliminating any spray zone or splashing which could promote
absorption, and obviating any possibility of surface tension
effects at low liquid rates. A thermometer placed in the feed
reservoir enabled the liquid temperature to be observed im-
mediately prior to entry into the column.

Both gases were fed from cylinders. In the case of the car-
bon dioxide cylinder, a 75-w. heater was attached to the dis-
charge line to prevent freezing of the gas due to the Joule-
Thomson cooling effect of the expansion. The flow rates were
controlled by precision pressure regulators. The gases flowed
through coils immersed in a thermostat tank at the required
experimental temperature. The flow rates were measured by
manomeiric types of flowmeters. The gases combined after
passage through the flowmeters and then entered the absorber.
Figure 1 is a representation of the flow system. The process
water supply circuit (not shown) was designed to provide
a constant flow rate of water at a temperature which did not
deviate by more than 0.1°C. from the desired value.

Gas rather than liquid phase analysis was employed, since
it is simpler, continuous, and considerably more accurate than
low concentration liquid determinations. Thermal conductivity
measurements were made with a PYE twin-cell katharometer
which was enclosed in a constant temperature environment and
formed part of a Wheatstone network. A lamp-and-scale gal-
vanometer registered the unbalance signals. The moisture con-
tent of the gas samples was taken into account in the analysis.

Gas sampling from within the packing raised the specific
problem of obtaining a sample representative of the true mean
gas composition at the cross section in question. Considerable
deviation in the intermediate Kra values reported by Rixon
(29) was attributed to the fact that sampling was effected at
a single point within the packing rather than over an entire
cross section. Preliminary tests in the present study showed that
the composition along a diameter was far from uniform. The
problem was to a large extent overcome by employing as the
sampling probe two coaxial brass tubes, the outer of which
remained fixed in the packing (to obviate disturbance of the
packing configuration), while the inner was free to rotate. The
outer tube was 3 in. O.D. to conform to the packing dimen-
sions. Four 3/16 in. holes were drilled at points along its length.
The inner tube (% in. O.D.) fitted snugly into the outer, the
contact surface being greased to facilitate smooth rotation and
to prevent the possibility of gas leakage. Four corresponding
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3/16 in. holes were drilled on a spiral along the length of the
inner tube, each displaced by 90 deg. from the adjacent hole.
Thus 90-deg. rotation brought successive holes of the concentric
tubes opposite one another, allowing any of the four radial
positions to be selected.

The inner tubes were connected to the sampling manifold
shown in Figure 1 by means of ground-glass capillary joints
which permitted the required rotation. Capillary tubing was
used throughout for the sampling lines. At the sampling rate
of 20 cc./min. the maximum lag of gas elements before reach-
ing the thermal conductivity cell was thereby kept down to
a few seconds only. Samples were withdrawn by vacuum. Only
in extremely rare instances was water sucked into the sampling
tubes, thus preventing the reading being taken. The sampling
rate was negligible in comparison with the overall gas flow
rates employed. The arrangement of the sampling manifold
is apparent in Figure 1 and rapid selection of any sampling
point desired was possible.

Procedure

Refer to Figure 1. Water at the required flow rate and tem-
perature was introduced to the tower. Liquid was allowed to
pass through the absorber at the requisite rate for a considerable
time period before taking readings. This insured that all parts
of the column would be at the correct temperature and that
liquid distribution and holdup on the packing were allowed
sufficient time to reach steady state. The gas flows were set
at the desired rates by means of the precision pressure regu-
lators. The system was then left to attain steady state condi-
tions with constant checks on the flow rates and temperature
being made. During this period the thermal conductivity gas
analysis circuit was brought into operation. Samples of column
feed gas were analyzed and the zero setting tas checked after
each reading until consistency was obtained. Samples from each
of the four radial positions at each packed height were drawn
in turn by rotation of the concentric tube sampling probe. After
each set of such readings, reference nitrogen was sampled to
check the zero point. This was repeated until deviations be-
tween successive readings were eliminated. Barometric pressure
was recorded during every run. Each run was normally re-
peated three times to assure reproducibility. Further equipment
and procedural details are given by Brittan (4).

READINGS
Transverse and Axial Gas Concentration Profiles

The experimental readings consisted of the terminal gas
compositions plus a series of transverse concentration pro-
files for five distributed axial positions. Typical trans-
verse profiles are shown in Figures 2 and 3. The profiles
are superimposed on coordinates representing longitudi-
nal bed position as ordinate and diametral location on an
exaggerated abscissa scale. This arrangement allows the
profiles to be observed at varying bed depths. It is evi-
dent from Figures 2 and 3, as from all the results, that
in general the radial concentrations become increasingly
disperse as the packing depth traversed by the gas be-
comes greater. The profiles at the plane of S1 are rea-
sonably flat, but at S5 the individual radial compositions
can differ substantially from each other. A substantial
degree of gas channeling in the course of passage up the
tower is indicated, probably due to occlusion of the gas
flow paths by the nonuniform liquid irrigation. From the
results it also appeared that the dispersion increases as
the liquid rate rises, a trend not unexpected from intui-
tive considerations.

To obtain the axial profiles, the four radial compositions
at each sampling cross section were resolved into a single
concentration representing the mean composition of the
cross section.

CALCULATION OF MASS TRANSFER DATA

Piston Flow Model

With a piston flow model for the flow regime, the mass
transfer quantities Kra and Hoy, were evaluated from
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Material balances provided values of X from the experi-
mental readings.t

For systems obeying Henry’s law, such as that under
investigation, an analytical solution to the integral of
Equation (4) has been developed (4). The solution per-
mits precise calculation of mass transfer quantities. Its
use indicated that approximations such as equilibrium
line linearity can lead to significant error where the de-
gree of absorption is appreciable. The apparent mass
transfer data yielded by this method were calculated for
all the intermediate sections of packing and suitable com-
posite combinations of these. For the present study the
values for the overall (SO to S6) and largest internal
(S1 to S5) packed height are of interest. These are listed
in Table 2 (P - o« denotes piston flow). The variation
with gas rate was small enough so that values averaged
over all gas rates at each liquid rate were tabulated.

Axial Diffusion Model

In this case, solution of Equation (1) is required; With
the liquid concentration terms of the equation trans-
formed to functions of gas phase composition and the

$ For this purpose a knowledge of the free carbon dioxide content of
the feed water was required. The difficulties of accurate analysis for
minute quantities favored calculation from data supplied by the Rand
Water Board. The value of X: thus obtained was 4.1 X 10-7 mole ratio
carbon dioxide.
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equation rendered dimensionless, the following differen-

tial equation is obtained (4):
df
Nop b =1 —
OI'} dz

a?f Yo df \? P
@*W(aﬁ JU—W*

mPr f

L
PN’ 1— —
ot { yof){ CM’Hf =y
f1 - UCOleLl/VI } —0 (5)
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The associated boundary conditions reduce to

— d
z=0: f0+=1+(—1?g£)—<é)0+ (6)

z=1: (df/dz) =0 (7)
The method of numerical solution of Equation (3)
(which accounts for the decrease in gas flow rate due
to adsorption) is described elsewhere (4).%

The treatment was applied to those experimental con-
ditions for which the mass transfer coefficient was rela-
tively invariant over the internal packing sections. Avail-
able axial dispersion coeflicients for the gas phase of con-
tinuous countercurrent operation were limited to those
of DeMaria and White (I1) and of Dunn et al. (12).

i The calenlations referred to in the present study were based on an
equation slightly different from (5). This resulted from the unse of a
constant value of E over the tower length. The effect on the computed
data is inconsequential.

TABLE 2. ACTUAL AND APPARENT MAsSs TRANSFER DATA AVERAGED OVER ALL GAs RATES

L,1b./(hr.) (sq. ft.) 9,195
Hoi, Kra, Hor,
ft. hr.—1 ft.
(SO to S6) P finite 2.48 59.7 2.46
(SO to S6) P—> oo 2.75 53.9 2.64
% diff. 10.8
(S1to085) P 2.64 58.0 2.48
Page 544
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7,356 5,517
Kia, HoL, Kia, Hor, Kra,
hr.—1 ft. hr.—1 ft. hr.—1
54.2 2.24 52.8 1.88 474
50.5 2.39 49.6 1.95 455
7.3 6.5 4,1
53.7 245 48.3 1.97 450

May, 1966



TABLE 3. ACTUAL AND APPARENT MEAN Mass TRANSFER DaTa

Avg,, Go,
Ib./(hr.) (sq. ft.) 9.58 7.66 5.75 3.83
L,1b./(hr.) Hou, Kia, Hot, Kira, Hor, Kra, Hor, Kira,
(sq. ft.) ft. hr.— ! ft. hr.—1 ft. hr.—1 ft. hr.—!?
P =95 2.43 61.1 2.58 57.1 2,51 58.8 2.43 61.0
9,195 P> « 2.59 57.2 2.78 53.2 2,79 53.1 2.85 51.9
% diff. 6.8 7.3 10.9 17.5
P=119 2.55 52.3 2.37 56.0
8,275.5 Po w0 2.70 49.4 2.58 51.6
% diff. 5.9 8.5
P =145 2.11 56.1 2.29 51.8 2.28 51.9 2.29 51.7
7,356 P—> 2.21 53.6 2.40 49.2 2.42 48.8 2.53 46.8
% diff. 4.7 4.9 6.4 10.3
P =213 1.82 48.8 1.83 48.6 1.89 47.1 1.97 450
5,517 P> 1.87 47.5 1.89 47.1 1.97 45.1 2.09 42.4
% diff. 2.7 3.2 4.4 6.3

The data of DeMaria and White were employed since
they were determined with 3 in. ring packing and col-
umn dimensions similar to those of the present study.
Conversion to the required axial dispersion groups was

effected as follows:
od, wdy

E =
NPe ENPe
’1 Npel
P=-u——~—fj———92.6eNpe
E d,

A 40% linear extrapolation of the data presented by
DeMaria and White was necessary to cover the range
of liquid rates considered here. Values of P thus calcu-
lated are given in Table 3.

Evaluation of the number of transfer units N'gz, sat-
isfying simultaneously the model equation with a speci-
fied degree of axial dispersion, and the experimental re-
sults involved a trial-and-error procedure. Adjustment of
N’or was required until the computed exit gas composi-
tion agreed with the experimental value. In addition to
the reduced concentration profiles obtained, profiles for
the corresponding hypothetical piston flow situations were
also generated for comparison by the same procedure
with large values of P.

COMPUTED RESULTS AND OBSERVATIONS

The data yielded for each of the experimental runs
treated thus comprise: the true number of transfer units,
denoted N’o; apparent Ng values calculated on the as-
sumption of piston flow; computed axial gas concentra-
tion profiles accounting for axial dispersion; and profiles
computed on the basis of a piston flow model.

Mass Transfer Data

With Hor and Kpa data evaluated for the two cases
of flow pattern represented by the axial diffusion and pis-
ton flow models, the mean values of the triplicate data for
each set of experimental conditions are presented in Table
3. As is to be expected, the data of Table 3 indicate an
adverse effect of gas phase axial dispersion on the ab-
sorber performance. The higher degrees of backmixing
as the liquid rate is raised are reflected in the correspond-
ing increase in differences between the mass transfer data
based on piston flow and axially dispersed gas phase en-
virons. It will be noted also that the differences increase
with decreasing gas rate, that is, increasing degree of
absorption. It serves to confirm the intuitive reasoning of
Cooper, Christl, and Peery (9), that backmixing would
be more detrimental to performance the greater the
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change in gas concentration over the absorption tower
length. One consequence of this is that axial dispersion
will contribute to any observed effect of gas rate on the
performance.

To facilitate comparison, mass transfer data averaged
over all the gas rates at each liquid rate were evaluated.
These are listed in Table 2. The usual power function
correlations were found adequate to represent the Kia
data of Table 2 and were determined by the method of
least squares. For the piston flow case, the apparent mass
transfer coefficient is given by

Kpa = 3.12 (L)%™ (8)
With the effects of axial dispersion segregated from the
process of mass transfer, the actual coeflicient is repre-
sented by

Ki’a = 1.216 (L)042¢ {9
The equation correlating the apparent mass transfer data
for the intermediate packed section S1 to S5 is also pre-
sented. In effect, this provides a mass transfer coefficient
calculated from a piston flow model but essentially free
from the influence of the packing boundaries. In this case
the relationship is

Kia = 1.107 (L)048 (10)
Equations (8), (9), and (10) refer to coefficients which
are respectively analogous to the exterior apparent, true,
and interior apparent values as designated by Miyauchi
and Vermeulen (26) (through the interior apparent re-
gion discussed by these workers denotes the entire packed

60
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A EGN. ( B ) APPARENT K@
B EQN { § ) ACTUAL Xjo
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Fig. 4. Equations (8), (9), (10).
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Fig. 5. Influence of axial dispersion on axial cencentration profiles.
Run 22,

height). The equations are compared graphically in Fig-
ure 4. The difference between the apparent and true mass
transfer coefficients is not particularly large; however,
the rate of its increase with liquid rate is appreciable. If
the rate as indicated by Figure 4 were maintained, sub-
stantial deviation would result at higher liquid rates.

The similarity between Equations (9) and (10) will
be noted. The difference between the two equations de-
pends in part on the magnitude of the axial dispersion
coefficients used to arrive at (9). The similarity is prob-
ably coincidental but nevertheless would suggest that the
influence of axial dispersion on the performance is in
some way related to the effects at the packing boundaries
associated with the dispersion. In this regard Miyauchi
and Vermeulen (26) have treated the inlet discontinuity
in concentration as a measure of the influence of disper-
sion. It is apparent from Figure 4 that the performance
evaluated from a piston flow calculation would display
a lesser influence of axial dispersion if internally meas-
ured concentrations were used rather than concentrations
external to the packing. However, the differences involved
are too small and the present data insufficiently accurate
to permit the establishment of quantitative conclusions in
this regard.

The effects at the boundaries may conveniently be com-
pared in magnitude by referring to the piston flow Kpa
data for the sections SO to S1 and S5 to S6. These
are listed by Brittan (4) and comprise one hundred thirty-
eight readings additional to those considered in this paper.
The data are somewhat scattered due to the difficulties
associated with gas sampling from within the packing.
Nevertheless the tendency toward higher Kia values at
the gas inlet and lower at the outlet is clearly apparent.
This is in accordance with the predictions of the axial
diffusion model and verifies that dispersion does in fact
occur. The gross influence on the performance of the op-
posing terminal phenomena is reflected in the difference
between the performance for the overall (S0 to S6) and
intermediate (S1 to $5) packing sections. Some of the
data are represented in smoothed fashion by the differ-
ence between lines A and C of Figure 4. Indications are
that the difference rises as the liquid rate increases, sug-
gesting that the exit terminal effect predominates at
higher liquid flow rates.
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Run 30.

Axial Gas Concentration Profiles

Presented in Figures 5 and 6 are typical reduced con-
centration profiles abstracted from the computed data.
The profiles are shown for the two conditions of gas phase
flow described by the piston flow and axial diffusion
models. Superimposed are the experimental points. In
general, the experimental values are seen to fall between
the two profiles. (It should be pointed out that a single
average mass transfer coefficient was used to generate
each computed profile even though small variations in the
coefficient along the tower length were encountered.) The
measured points are, if anything, somewhat closer to the
piston flow situation. This serves to indicate that the
axial dispersion coefficients of DeMaria and White (11)
actually are too high to represent satisfactorily the counter-
current mass exchange system considered here. As they
stand, the dispersed flow profiles do provide an indica-

" tion as to the axial concentration behavior which can be

expected for greater degrees of gas phase stirring than
experienced in this investigation. Such would be the case
for operation at higher liquid flow rates.

DISCUSSION AND CONCLUSIONS

The results obtained may be used to assess the suita-
bility of the axial diffusion model as a representation of
the longitudinal dispersion phenomena occurring in the
steady state absorption process investigated. Though a
single-parameter model of this nature is an idealization, it
should be adequate for all practical steady state purposes,
provided that satisfactory values of E are available. The
model and its boundary conditions appear consistent with
the experimentally observed lowering of the axial con-
centration profile from that which would prevail if pis-
ton flow were possible.

The inability of the dispersion data employed to de-
scribe satisfactorily the measured results emphasizes the
need for critical evaluation of the transient analyses which
yield the parameters. The sensitivity of the calculated
parameters to the method of determination and associated
experimental details has been noted (6). Of special im-
portance is an appreciation of the fact that the influence
of such factors as fluid capacitance may not be common
to dynamic and steady state operation. Since the ultimate
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application of dispersion data is usually to steady state
systems, distinctions between steady and unsteady state
sitnations must be accounted for. Single-parameter diffu-
sion mechanisms are not generally adequate to character-
ize transient measurements, as has recently been ob-
served (20). On the other hand, such mechanisms appear
to be satisfactorily commensurate with steady state be-
havior. Another factor of significance is the effect on
transient breakthrough measurements of inevitable fluid
channeling. Cairns and Prausnitz (6) have shown that
where nonflat velocity profiles exist, radially integrated
breakthrough curves can result in misleadingly low Peclet
numbers. Point measurements are necessary to avoid this,
a factor which has not generally been appreciated in the
determination of axial dispersion coefficients from tran-
sient response experiments. The effect of velocity profiles
on axial mixing in packed beds has also been demon-
strated by Converse (9). In this context the effect on
transient determinations of the substantial gas phase chan-
neling witnessed in the present study can be expected to
be pronounced. In addition, an apparent variation of dis-
persion coefficient with bed length could result. End ef-
fects will also have measurable influence on transient re-
sponse measurements. These must be eliminated as far
as possible or satisfactorily accounted for (2).

The axial dispersion coefficients employed were proven
to be too high in value. In other words, an overspecified
degree of dispersion was used in the calculations. Con-
sequently, the actual coefficients of mass transfer K.'a,
obtained from the experimental readings, are somewhat
too large. With this in mind, axial dispersion has only a
moderately small detrimental influence on the perform-
ance of the absorption tower used in the range of operat-
ing conditions studied.

As has been noted in previous publications concerning
continuous flow equipment, the effect of dispersion in-
creases with increasing degree of absorption (that is, de-
creasing gas rate) and may be significant in processes
where substantial removal of solute from the gas phase is
required. Much previous mass transfer work has entailed
stripping operation at high gas rates. The resulting gas
compositions should in most cases be small enough to
minimize the influence of axial dispersion on the per-
formance. The effect also increases with increasing liquid
rate and decreasing packing height (the axial dispersion
group P = u’I/E’ being directly dependent on ). Varia-
tions in liquid rate and packing height will, moreover, be
attended by changes in the degree of absorption.

It was mentioned earlier that axial dispersion has been
considered responsible for the marked difference between
the performance of industrial carbon dioxide absorbers
and that predicted from experimental scale results. In
view of the conclusions reached in the investigation, and
noting the differences in conditions between small and in-
dustrial scale operation, axial dispersion would appear to
constitute only a relatively small part of the cause of the
discrepancy.
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NOTATION
Cg = gas phase solute concentration, mole/cu. ft.
C, = liquid phase solute concentration, mole/cu. ft.
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C.* = equilibrium liquid phase solute concentration,
mole/cu. ft.

dy, = characteristic packing dimension, ft.

E = axial dispersion coefficient at total gas velocity,
sq. ft./hr,

E’ = axial dispersion coefficient at inert gas velocity,
sq. ft./hr.

f = reduced gas phase concentration, /4o

G = superficial mass gas rate, Ib./(hr.) (sq. ft.)

Gu = superficial molar gas rate, 1b.-mole/ (hr.) (sq. ft.)

Gy = superficial inert molar gas rate, lb.-mole/(hr.)
(sq. ft.)

H = Hgnry’s law solubility coeflicient, atm./mole frac-
tion or mm./mole fraction

Hop = apparent height of an overall transfer unit, ft.

K,z = apparent capacity overall transfer coefficient, 1b.-
mole/ (hr.) (cu. ft.) (Ib.-mole/cu. ft.)

Ki'a = actual capacity overall transfer coefficient, Ib.-
mole/ (hr.) (cu. ft.) (Ib.-mole/cu. ft.)

l == total height of packing, ft.

L = superficial mass liquid rate, Ib./(hr.) (sq. ft.)

Ly = superficial molar liquid rate, lb.-mole/(hr.) (sq.
ft.)

No;, = apparent number of overall transfer units

N’o1, = actual number of overall transfer units

Np. = Peclet number, (vd,/E)

P = axial dispersion group, (wI/E’)

Py = tota] pressure, atm. or mm. Hg

u = superficial gas velocity, ve, cu. ft./(hr.) (sq. ft.)

u’ = superficial inert gas velocity, cu. ft./(hr.) (sq.
ft.)

v = gas velocity, ft./hr.

v = inert gas velocity, ft./hr,

ONg Voo, = specific volume, cu. ft./lb.-mole
X = solute concentration in liquid phase, 1lb.-mole
solute/lb.-mole solvent

X* = equilibrium solute concentration in liquid phase,
Ib.-mole solute/Ib.-mole solvent

y = volume fraction solute in gas phase

z = reduced axial coordinte, Z/1

z = axial coordinate, ft.

Greek Letters

€ void fraction, cu. ft./cu. ft.

o

p density, 1b./cu. ft.
Subscripts

0 = lower terminal condition
1 = upper terminal condition
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Diffusion of Gases in Electrolytic Solutions

KEITH E. GUBBINS, KAMLESH K. BHATIA, and ROBERT D. WALKER, JR.

University of Florida, Gainesville, Florida

Measurements of the diffusion coefficients of hydrogen and methane in strong aqueous elec-
trolytes have been made with the use of the diaphragm cell method. The variation of the dif-
fusion coefficients with electrolyte concentration, type of ion, and temperature has been studied
over the electrolyte concentration range zero to soturated, and for temperatures in the range

25° to 65°C.

The results have been interpreted with the Eyring rate theory. The presence of ions in
water increases the activation energy for diffusion which results in a decrease in the diffusion
coefficient. The increase in activation energy is represented by terms that are additive for the
ions involved. The influence of ions on the diffusion coefficient increases rapidly with ionic
charge, but seems to be little offected by temperature or solute for the systems studied.

The prediction of the rate of diffusion of nonelectro-
lytes through aqueous electrolytes is of interest in a num-
ber of practical problems, for example, the study of mass
transfer limitations at electrodes. Although the Wilke-
Chang equation (I, 2) provides a means of estimating
binary diffusion coefficients in liquids, it is not immedi-
ately applicable to electrolytes, since it involves the solvent
molecular weight and an association parameter. The Ey-
ring theory (3, 4) of reaction rates provides a starting
point for the development of correlations for diffusion in
electrolytes, and has been used by Podolsky (5) and Rat-
clif (6) in developing relationships for the fluidity of
electrolytes and also for the diffusion of nonelectrolytes.
Very few experimental studies of diffusion of dissolved
gases in electrolyte solutions are available, and the meas-
urements reported have been made at a single tempera-
ture (6, 7). The object of the present work is to examine
the variation of gaseous diffusion coefficients with solute
gas, electrolyte, concentration, and temperature.

K. K. Bhatia is with Procter and Gamble Company, Cincinnati, Ohio.
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THEORY

According to the Eyring reaction rate theory, the fluid-
ity of a liquid ¢ and the binary diffusion coeficient in
dilute solution D are given by

1 h
. - — * — —_—  _ peg/kT
== kgh2e—2Go™MRT = kyp2 (ZamkT) o5 ¢
(1)
D = kp2e—AGy?/RT 3
ke emea/kT  (2)
(27{ka) 1/20f1/3

Weyman (8) recently has derived equations similar to
(1) and (2) by more rigorous statistical mechanical
methods. The diffusion coefficient (or fluidity) is deter-
mined primarily by the activation energy for the process
and the temperature.

Podolsky (5) has derived an expression for the fluidity
of an electrolyte solution using Equation (1), and Ratcliff
(6) has proposed a corresponding equation for the diffu-
sion coefficients of gases in electrolytes. Their derivation
is outlined below.

May, 1966



